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Abstract

The performance of an original membrane methane reformer is analyzed by a two-dimensional mathematical model. The reactor is a bundle of
four coaxial double tubes inserted in a shell in which a heating fluid flows. The annular region of each tube is the reaction zone, whereas the inner
tube is the selective membrane for hydrogen removal. Many simulations have been carried out in order to find a suitable set of values of geometric
and operating design variables. The effect of pressure and sweeping gas flow rate at permeation side, of membrane diameter and of axial profile
of heat flux supplied to the reactor is analyzed in 81 virtual experiments. Suitable operating conditions are found: over 58% methane conversion
can be reached, within a proper membrane temperature range and extra methane consumption for thermal duty.

© 2007 Elsevier B.V. All rights reserved.
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1. Introduction

The demand of hydrogen in refineries has increased more and
more in the last years and it’s foreseeable that in the next future
deteriorating quality of crude oils, more stringent petroleum
product specifications and environmental problems will lead to
larger need of hydrogen to use in hydroprocessing processes.
Moreover, the development of fuel cell technology and its appli-
cation in many fields will contribute to increase requirements of
pure hydrogen.

This market evolution is stimulating the development of new
technologies to produce a large amount of hydrogen at low cost.
Currently, the most promising process is based on the integration
of selective membranes in steam reforming reactors in order
to continuously remove hydrogen from reaction environment.
Quite high methane conversions at relatively low temperatures
can be obtained in such a way and very pure hydrogen is collected
in the permeation zone.

The methane steam reforming process is based on the fol-
lowing main reactions:

CHs+H0 & CO+3Hy  AH%g = 206kJ/mol (1
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CO+Hy0 & CO,+Hy  AHYg = —41kJ/mol )

which, taken together, yield:

CH; +2H;0 & COy 4+ 4Hy  AHY%g = 165kI/mol  (3)

The process is highly endothermic and very fast over
Ni/Al,O3 catalyst. Equilibrium condition threshold compels to
operate at high temperature and tubular packed bed reactors are
usually placed in a furnace where the heat produced by com-
bustion is transferred to the process through the reformer tube
walls. In such a configuration, reformer tubes are subjected to
large stresses due to high operating temperatures with large gra-
dients in axial and radial directions, up to the point that the high
pressure inside the tube could provoke creep rupture. Moreover,
a great amount of methane has to be burned to supply the high
heat flux required by reactions.

The integration into the reactor of Pd-based membranes,
extremely selective towards hydrogen, allows a lower tempera-
ture operation, since the removal of a reaction product prevents
the equilibrium to be achieved. Therefore, other methods than
methane combustion in a furnace could be used to supply the
heat required by reforming reactions.

Several papers concerning the use of membrane reactors in
steam reforming have appeared in the literature [ 1-7] but almost
all these works deal with small scale reformers and very long
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Nomenclature

By hydrogen permeability (kmol m~! h~! kPa=0%)

Ci molar concentration (kmol m_3), i=CHy, H>0,
H,, CO, CO,

c}“ inlet molar concentration (kmolm~3) j=CHy,
H,0, H,, CO, CO,

cpm  gas mixture specific heat (kJ kmol~! K~1)

Cpperm gas mixture specific heat in permeation zone
(kJ kmol~' K~ 1)

Ctot total concentration (kmol m’3)

dp equivalent particle diameter (m)

f friction factor

Fg}{4 inlet methane flow rate (kmolh~1)

FC"%E‘ outlet methane flow rate (kmolh™—1)

Fé“oz inlet carbon dioxide flow rate (kmol h—1)

Fgf,  outlet carbon dioxide flow rate (kmol h=1)

perm,out
FH2

Fp tot

F, sweep

G
hp H,
hR H,

p HZ, perm

p HZ,reac
Pep,

Pp
Py
Pr
P
Pr
dm

qr

outlet hydrogen flow rate in permeation zone
(kmolh~1)
total molar flow rate in permeation zone
(kmolh~1)
sweeping gas flow rate in permeation zone
(kmolh~1)
mass specific gas flowrate (kgm~2h™!)
permeation zone hydrogen enthalpy (kJ kmol~')
reaction zone hydrogen enthalpy (kJ kmol~!)
heat  transport  coefficient near  wall
(kIm2h~ 'K~ D
heat convective transport coefficient in perme-
ation zone (kJm~2h~ ' K~ 1)
j-th reaction enthalpy (kJ mol~')
reactor length (m)
hydrogen flux permeating through membrane
(kmolm—2h~1)
emissivity of solid surface
hydrogen partial pressure in permeation zone
(kPa)
hydrogen partial pressure in reaction zone(kPa)
mass effective radial Peclet number
permeation zone pressure (kPa)
inlet permeation zone pressure (kPa)
reaction zone pressure (kPa)
inlet reaction zone pressure (kPa)
Prandtl number
heat flux from the reaction to the permeation zone
(kW m~—2)
heat flux from outside to the reaction zone
(kW m?)
dimensionless radial coordinate
inner tube internal radius (m)
inner tube external radius (m)
outer tube internal radius (m)
outer tube external radius (m)
gas universal constant (kJ kmol~! K1)

R; kinetic rate of j-th reaction (kmol kgz,l h™")
Re Reynolds number

Tmem  membrane temperature (K)

Tmem,max Maximum membrane temperature (K)

Ty permeation zone temperature (K)

TIi)n inlet permeation zone temperature (K)

TR reaction zone temperature (K)

Tlizn inlet reaction zone temperature (K)

Two external wall temperature (K)

u gas velocity (mh~!)

uln inlet gas velocity (mh™!)

U overall heat transfer coefficient (outside-
reaction zone) (kJm~2h~! K1)

Ui overall heat transfer coefficient

(reaction—permeation zone) (kJ m2h~ 'K
XcH, methane conversion
Xco, carbon dioxide yield

YH, hydrogen recovered per mole of methane
z dimensionless axial coordinate
Greek symbols

Omem  membrane thermal conductivity

kKIm—2h K1
Omet metal thermal conductivity (kJ m~2h~! K1
ap, 0rg  parameters defined by Eq. (18) (kJ m2h~ 'K

1) membrane thickness (m)

€ void fraction

nj effectiveness factor of the j-th reaction
Aer effective radial thermal conductivity

KIm 'h 'K

29, static radial thermal conductivity
KIm~'h 1K1
Ag gas phase thermal conductivity (kJm~' h=! K1)
As packing material thermal conductivity
kKIm~'h 'K
Mg gas mixture viscosity (kgm~'h~1)
Ob packed bed density (kgm™>)
Pg gas mixture density (kg m™3)

residence times of gas mixture in the reaction environment. Only
few studies face the industrial application of membrane reactor
technology: Fernandez and Soares Jr. [8] have simulated a large
scale membrane reactor by using an one-dimensional model,;
Koukou et al. [9] and Basile et al. [10] have studied the behaviour
of a ceramic membrane reactor and a dense Pd—Ag membrane
reactor, respectively, for water gas shift reaction (Eq. (2)) by a
two-dimensional model; Fukuhara and Igarashi [11] have used
a two-dimensional model to simulate a membrane reactor for
dehydrogenation of ethylbenzene.

Recently, De Falco et al. [12] have compared the performance
of a steam reforming membrane reactor (MR) and of a tradi-
tional reactor (TR), both operating at industrial conditions: a
geometric configuration (length = 12 m, diameter =0.12 m) was
assumed and the same operating conditions have been fixed for
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Fig. 1. Membrane reformer configuration.

both the reformers. On the other hand, membrane reactor perfor-
mance may be improved at different geometries and operating
conditions.

The aim of this work is to analyze the behaviour of a mem-
brane reactor designed in an original configuration which should
allow the use of a heat supply system (like molten salts) different
from the furnace traditionally used in steam reforming. The joint
effect of four operating variables and geometric parameters is
simulated by means of a two-dimensional model. A good set of
parameters is found and benefits and drawbacks are analyzed in
comparison with the traditional configuration.

The configuration considered in simulations is a bundle of
four coaxial double tubes inserted in a shell in which a heating
fluid flows (Fig. 1). The annular zone of each double tube is
the reaction zone where catalytic pellets at relatively high tem-
perature are packed out [13]; the internal tube is the selective
membrane where a sweeping gas (water vapour) is sent counter-
current. The membrane is assumed to be a Pd-based thin layer,
supported on a ceramic or metallic material.

The four design variables, selected among many others affect-
ing process performance, are:

(1) The membrane tube external radius 7 ;;

(2) The permeation zone pressure Pp;

(3) The sweeping gas flow rate in each tube Fgyeep;

(4) The slope A of axial profile, assumed to be linear, of heat
flux supplied by a heating fluid flowing in the external shell.

Other operating variables and geometric parameters have
been fixed on the basis of typical industrial conditions.

2. Mathematical model

The mathematical model is based on mass, energy and
momentum balances in reaction and permeation zone, with the
following assumptions:

e Only reactions (1-3) are considered (secondary reactions are
neglected).

Steady-state conditions.

Negligible axial dispersion and radial convective terms.
Ideal gas behaviour.

Each double tube is representative of any other tube.
Pseudo-homogenous condition inside the reactor.

e Permselectivity of Pd-based membrane towards hydrogen
100%.

e The influence of the membrane support on the heat and mass
transfer is negligible.

In the annular reaction zone, a two-dimensional, non-
isothermal and non isobaric model is used to calculate axial
and radial profile of concentrations and temperature; in the
permeation, zone isobaric conditions are assumed, and a one-
dimensional model is applied.

Equations of the MR model, together with boundary condi-
tions, are:

e Mass balances:
o Reaction zone: i = CHy, H>O, H,, CO, CO»:

uzc))  dpL [ (uzc)) 1 d(ugc
(uZCl)_ P ( (uZC’)_i_, (uzcl)) +,0bLZ77jRj
J

Z  Pemri, \ 02 F OF
4
o Permeation zone:
dYH2 Nlr_ln227tr0,i
B _ o 5)
dz FCH4

The sign — means relates to the counter-current configu-
ration.
e Energy balances
o Reaction zone:

oTRr AerL ?Tr  19TR
Az T 2 ~2 + <~ as
9z (uzctot)cp,mri‘o oF FooF
poL) - mj(—AHj)R; ©)
(uzctot)cp,m
o Permeation zone:
d7Tp L
— = ———(U127r;j(Tr — Tp)
dz FP,toth,perm
+Ng, o i(hR 1, — e H,)) )
e Momentum balance
o Reaction zone:
dPgr fGuoL (1 — €)?
= ®)

dz pedl €
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where the friction factor is calculated by the well-known
Ergun model:

Re
f=150+1.75—- ©
1—€
e Boundary conditions
usc; = ulhclt
F=0,Vi—>{ Tr=TJ" (10)
Pg = P
Yu, =0
Pl vio { 2T (11)
Tp = Ti
a(uic,') _0
F = Fio) VI — 38’TR (12)
Aer? =dqr = U(Tw,o - TRIri,o)
du,c)
or
~ - ~ dp a(uZCHz)
=Foi,VI—> < — ——== = Nf} 13
F= o V2 Pems  OF Hy (13)
0T
Xerg =(dm = UI(Ter(,’i —Tp)

InEq. (4), the mass effective radial Peclet number is Pey, cal-
culated by the expression reported by Kulkarni and Doraiswamy
[14] and valid for Re > 1000; n; and R; are, respectively, the effec-
tiveness factor and the rate of the j-th reaction, calculated by Xu
and Froment expressions [15].

In Eq. (5), YH, is the hydrogen recovered per mole of inlet
methane and NI‘}‘Z is the hydrogen flux permeating through the
membrane:

By
Nlr'InZ = T(p%;reac - p%iperm) (14)

Eq. (14) is the Sievert law, suitable for thick dense membrane,
i.e. in the case of limiting diffusion of atomic hydrogen in the
metallic layer; & is the Pd-based membrane thickness (20 pm
in our simulations), pH, ., and pH, ., are hydrogen partial
pressures in the reaction and permeation zone, respectively, and
By is the membrane permeability, which depends on tempera-
ture and membrane composition. Shu’s expression of By [1] for
Pd-Ag (5.1 wt%) membranes is used in this work:

15, 700)
RTmem

By = 7.928 x 10 %exp ( (15)
The membrane support is a porous seamless 316 L stainless
steel with a nominal particle retention size of 0.2 pum, which is
a dimension much higher than molecular diameters of the com-
ponents. Therefore the effect on the mass transport resistance
of the porous media is negligible in respect to the resistance of
the Pd-based alloy layer, in which a solution-diffusion mecha-
nism occurs. Moreover the stainless steel is characterized by a
high heat transport conductivity and consequently its influence
on the global heat transfer conductivity between reaction and
permeation zone is assumed to be negligible as well.

In Eq. (6), (—AH,) is the j-th reaction enthalpy and A is
the effective radial thermal conductivity of packed bed and gas
mixture taken as a pseudo-homogeneous phase. A¢r is calculated
by the following expression [16]:

Repp,/3
Aer = A0 +0.111Ag—— 22 16
o T £1 4 46(dp/2ri0) (16)
where the static contribution A%, is given by:
0.95(1 — €)

20 = e(Ay + 0.950r,d 17

or = €Che H0mdy) o (10 + o)
and:

0.8171(7/100)°

(07 =

YT 14 e2.(1—e)(1—p/p)

p 3
o = 0.8171 () (T/100) (18)
2-p

The overall heat transfer coefficient U (Eq. (12)) between
outside and the reaction zone is expressed as:

(i am)

U=|—+ 19
hy Omet

where oy is the metal tube conductivity and Ay, is the heat
transfer coefficient of an “unmixed layer” near the tube wall
where heat transport occurs only by molecular conduction [17].
Different correlations are proposed in the literature to calculate
hy, value [18-22]; in the present work Li and Finlayson’s [23]
expression is used:

A [ PP\
hy = 0.17f <0;) R (20)
5 \0.

The overall heat transfer coefficient U; (Eqgs. (7) and (13))
between reaction and permeation zone is given by:

—1

1 8 Foi |1

m=[+ +“] @1
hy Umem rii hw,p

where dmem is the membrane thermal conductivity and Ay, is

the heat convective transport coefficient in the permeation zone,

calculated in turbulent regime.

2.1. Design variables and simulations
Three possible values are taken for each independent vari-

able (Table 1); therefore, 81 simulations (3%) are carried out,
considering every possible set.

Table 1
Independent variable values for the simulation design

1 2 3
Toi 0.05 0.06 0.07
Fisweep 12 24 36
Py 101 303 505
A —10 0 10
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Table 2

Operating and geometric parameters

Yo,0 Fio rij L

0.1016 0.0916 0.04/0.05/0.06 4.04/4.97/6.82

PR TR " F(I:“H4 S/IC
1010 773 773 4 3
ar B

40 45/40/35

Table 3

Inlet gas composition [24]

YCHy YH,O YH, yco Yco,
0.228 0.728 0.028 0.008 0.002

Other operating and geometric parameters have been fixed
(Tables 2 and 3), according to typical industrial parameters.

Reaction zone pressure (10 bar) is lower than those typically
used in industrial reformers (25-30 bar), but thermodynamically
more suitable. The overall inlet methane flow rate (16 kmol/h)
is distributed into the four parallel reactors such as 4 kmol/h
flows in each tube; this value is twice the typical flow rate in
a traditional industrial reformer [25]. As for other components,
inlet stream composition is taken from [24].

Shell diameter and other geometric dimensions of tubular
reactors and membrane are reported in Table 2 and sketched in
Fig. 2.

5.08cm (2")-—' ’-»

10.16 em (4")—i——-l

I
[}
I
]
I
I
I
]
|
IL 35.56 cm (14")
[
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The reformer length is calculated in order to set the catalyst
mass per mole of inlet methane to the same value of typical tra-
ditional reformers (internal tube diameter 0.126 m, length 12 m,
void bed fraction € 2~ 0.5). With the same ¢, the reformer lengths
calculated in the three cases analyzed (Table 1) are 4.04, 4.97,
6.82 m, respectively.

The heat flux axial profile is assumed to be linear:

g =AZ+ B (22)

and a mean value of ¢=40kW/m?, which is about half of a
typical heat flux value for traditional reformers [26]. Therefore,
B is derived from the relation:

40 A
h= 2

Values of slope A explored in simulations are reported in
Table 1: negative and positive A values (cases 1 and 3 in Table 1)
mean that heat flux is decreasing or increasing, respectively,
along the reactor, whereas A =0 (case 2) indicates a heat flux
constant.

Heat flux profiles with A <0, A ~ 0 or A >0 could be approx-
imately obtained by arranging co-current or counter-current
schemes, flow-rates and thermal properties of heating fluid. For
example, cases A <0 and A = 0 could be approximately obtained
by co-current and counter-current mode of reacting mixture and
heating fluid, respectively, because of decreasing or constant
temperature differences (driving force) along the axis of the

(23)

Fig. 2. Membrane reformer configuration section.
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reactor. The case A >0 could be obtained by a counter-current
scheme with a heating fluid with a low specific heat that exhibits
a large temperature drop from exit to inlet section of the reactor.

2.2. Numerical solution

In order to solve the system of partial differential equa-
tions, the radial coordinate is discretized by means of central
second-order differences: a boundary-value-problem system of
first order ordinary differential equations is obtained and solved
by a shooting method.

Reactor performance is evaluated through the following
quantities:

in __ pout
CHy CHy

in
FCH4

XCH4 -

methane conversion
out in
F CO, ~— 1 CO,
in
FCH4
carbon dioxide yield

out
HZ.perm

in
FCH4

Y, =

hydrogen recovered per mole of methane.

Moreover, it has been checked if the maximum mem-
brane temperature 7mem max Was always lower than 800-815 K
indeed, the Pd-based composite membranes are characterized
by a remarkable thermal instability, due to loss of adherence
between active principle and support.

3. Results and discussion

Eighty-one simulations have been performed by means of
the variables indicated in Table 1. Methane conversion, car-
bon dioxide yield, hydrogen recovered per mole of methane and
maximum membrane temperature have been evaluated in each
simulation. The effect of the independent variables has been
analyzed and a suitable solution is proposed.

3.1. Effect of the membrane external radius

The membrane tube radius has a large effect on the reformer
performance. Fig. 3 shows the dependence of methane con-
version and carbon dioxide yield on r,;. Obviously, a large
membrane radius involves a high (membrane surface)/(reaction
volume) ratio and, consequently, a large hydrogen flow removed
from the reaction environment. In fact, Yy, value is 0.74, 1.13
and 1.82 when r,; is 0.05, 0.06 and 0.07 m, respectively.

On the other hand, the larger the radius, the closer the mem-
brane to the hot wall and, therefore, the higher the membrane
temperature (811.2, 827.9, 855.8 K for r,; =0.05,0.06,0.07 m).
Fig. 4 shows the radial temperature profile calculated in the outlet
section (Z = 1) : 7 = 0 is the gas layer near the Pd-based mem-
brane, while 7 = 1 is the gas layer near the hot tube. It has to be
noticed that the temperature reached imposing r, ; = 0.07 mis too

0.7 T T T T T

—G—XCH‘

085 L | o xoor

06 |

0.55

05

» X
cH,’ “co,

X 045}
04}

0.35

0.3 1 1 1 1 L
0.045 0.05 0.055 0.06 0.065 0.07 0.075

L (m)

Fig. 3. Methane conversion and carbon dioxide yield vs. membrane tube radius
(Fsweep =24 kmol/h, P, =303kPa, A=0 kW/m?).

high compared with the current membrane thermal instability
threshold.

3.2. Effect of the sweeping gas flow rate

The effect of sweeping water vapour flow rate Fiyeep ON
Xch, and Xco, is negligible (Fig. 5): only a very slight pos-
itive effect on conversion appears from simulations, due to the
PH, e Teduction, that improves the permeating hydrogen flux.

The most important effect of sweeping gas flow rate is
the remarkable reduction of maximum membrane tempera-
ture (Tiem»max =842.5, 827.9, 819.8K with Fgyeep =12, 24,
36 kmol/h). The flow of relatively cool sweeping vapour allows
the membrane to be maintained at a moderate thermal level, with
significant advantages in its life durability and stability. On the
other hand, too high water vapour flow rates (such as 36 kmol/h
per tube) do not seem to be economically advantageous, since
the vapour has to be generated and heated. From now on, an anal-

900 T T T T T T T T T

— ;=005

— - =006
o

o= 0.07

890

880
870

860 [

T(K)

850

840

830

820

810 ) 1 1 1 ) 1 "
0 01 02 03 04 05 06 07 08 09 1

Dimensionless reactor radius

Fig. 4. Radial profiles of temperature at outlet section of the reactor.
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Fig. 5. Methane conversion and carbon dioxide yield vs. sweeping flow
(ro; =0.06m, P, =303kPa, A=0kW/m?).

ysis of the steam production cost is carried out and an optimal
sweeping gas flow rate is proposed.

3.3. Effect of permeation zone pressure

As reported in the literature [12,27], the reaction zone pres-
sure has a double effect: it improves the permeation flux, by
increasing py, ., but, at the same time, it is thermodynamically
unfavourable to equilibrium conversion. At high spatial velocity
(as assumed in our simulations), the two opposite effects offset
each other and the global effect is about inappreciable.

On the other hand, the permeation zone pressure has a signif-
icant effect on the reformer performance: its reduction increases
the permeation flux and the conversion improves (Fig. 6).
Moreover, the larger heat amount required to get higher con-
version reduces the reaction temperature and, consequently, the
membrane temperature (7mem max =818.9, 827.9, 834K with
P, =101, 303, 505 kPa). Therefore, reducing permeation zone

- XCH4
0.65 [ <= Xco, | 1
0.6 | |
0.55 | |
~
3
P% 0.5 | |
"
5
%~ 045} \&\Q |
L g
2 T |
----- ®
035 |
0.3

100 150 200 250 300 350 400 450 500 550
]
P

Fig. 6. Methane conversion and carbon dioxide yield vs. permeation zone pres-
sure (7o, =0.06 m, Fyweep =24 kmol/h, A=0 kW/m?).
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Fig. 7. Methane conversion and carbon dioxide yield vs. heat flux slope
(r0,i =0.06 m, Fyeep =24 kmol/h, P, =303 kPa).

pressure at the lowest possible value appears to be a very good
solution if recompression of H2 is not required for specific uses.

3.4. Effect of heat flux

The effect of axial heat profile slope A is shown in Figs. 7-9.
A quite negligible influence of A on methane conversion and
carbon dioxide yield can be observed (Fig. 7), whereas the max-
imum membrane temperature decreases favourably at negative
slopes of axial heat flux profile (Fig. 8). Fig. 9 shows the effect
of A on Yy,. For A <0, the higher heat flux in the inlet section
yields a higher conversion in the first part of the reactor and
an increase of hydrogen partial pressure and permeated hydro-
gen flux which, in its turn, promotes the reaction advancement.
Therefore, if a heating fluid is used to supply the heat requested,
probably it’s advisable sending it in co-current. Finally, the effect
of the average thermal flux g,y on the methane conversion is
reported in Fig. 10 for the three different values of membrane

835 T T T T r T r

830 1

mem,max (K)

T

825 4

820 . .
=20 -15 -10 -5 0 5 10 15 20

A (kW/m®)

Fig. 8. Maximum membrane temperature for different axial heat flux profiles.
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Fig. 9. Hydrogen recovered per mole of methane with different axial heat flux
profiles.

tube radius. Methane conversion increases with g oy and r ;, but
the membrane temperature increases as well, so that its maxi-
mum value can overcome somewhere the maximum temperature
allowed for membrane stability (see Fig. 11, where the critical
value of the temperature is set at 815 K). Obviously, the heat flux
supplied has to be restricted to a lower value imposing a greater
membrane tube radius.

3.5. Proposed configuration

The main results arising from simulations are:

e The increment of the membrane external radius has a strong
positive effect on reformer performance, but it increases the
membrane temperature towards unsuitable values;

e Increasing values of sweeping gas flow rate and reducing
those of the permeation zone pressure have a slight positive

0.7
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-8 r1,,=005 Q

0.65 -0~ 5,=006
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Fig. 10. Effect of the heat flux and membrane tube radius on the methane
conversion.
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Fig. 11. Effect of the heat flux and membrane tube radius on maximum mem-
brane temperature.

effect on reactor conversion. Very high water vapour flow
rates at 773 K in the permeation zone reduce the membrane
temperatures, but they introduce large additional cost.

e Supplying heat flux with a negative sloped profile allows the
heat to be exploited in a better way.

The maximum methane conversion is obtained with the fol-
lowing set of values:

Foi=0.07m, Fyeep = 36kmol/h, P, = 101kPa,

A = —10kW/m>

At these conditions, methane conversion is 0.655, carbon
dioxide yield is 0.605, while Yy, is 2.243. It’s worth highlight-
ing that the conversion achieved in a traditional reactor, with
the same heat amount, is just 0.400 [12]: then, an enhancement
of about 63% is obtained by integrating the membrane into the
reaction environment.

However, in this case, the maximum membrane temper-
ature reached is 828.1 K, which is too high for the current
Pd-based dense membranes. If a temperature limit is fixed (about
800-815 K), methane conversion is limited as well: for instance,
in the same conditions shown above, but with an average heat
flux equal to 30 kW/m?, the maximum membrane temperature
drops to 794 K and the methane conversion becomes 0.533.

Moreover, a steam flow rate of 36 kmol/h in the permeation
zone could be a significant additional cost. Even though the
retentate outlet current is burned to generate water vapour and
to heat it up to 773 K and enthalpy of the permeated current is
partially recovered to pre-heat up the methane feed (the heat
for the reaction could be supplied by an external source, as a
diathermic oil or molten salt heated by solar energy or com-
bustion gases coming from other part of a plant), the additional
methane needed to complete the steam generation and the reac-
tant pre-heating is about 13 kmol/h. Of course, the reduction of
the sweeping gas flow rate brings a lower additional methane
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requirement but, at the same time, it increases the membrane
temperature: therefore, a configuration is proposed with an aver-
age supplied heat flux of 30 kW/m? and the sweeping gas flow
rate has been fixed such that no additional methane has to be
burned. Fsweep = 10.1 kmol/h is obtained and the corresponding
reformer performance is:

Xcn, =0.516 Xco, = 0.487
Tmem,max = 813.7K

Y, = 1.695

Such a configuration provides a worse conversion than that of
previously considered case, but it assures the following benefits:

e No additional methane is required, with economical and envi-
ronmental advantages.

e The membrane temperature is lower, so its durability will be
longer.

With the same total heat amount supplied to a traditional
industrial reformer, the obtained conversion is 0.320: the per-
formance improvement is about 61%, therefore, the benefit in
introducing dense and selective membrane in the reactor is still
strong.

Therefore, if the membrane temperature has to be limited
and no additional methane cost has to be spent, this second
configuration provides a more suitable solution.

4. Conclusions

A new configuration of a methane membrane reformer, simi-
lar to a shell-and-tube heat exchanger, is presented and simulated
on different conditions suitable for industrial applications. A
two-dimensional, non-isothermal and non-isobaric mathemati-
cal model is used in the simulations.

The effect of 4 variables (internal tube external radius, sweep-
ing gas flow, permeation zone pressure and axial heat flux
profile) is analyzed through a design matrix composed by 81
simulations. The dependences on these variables of methane
conversion and membrane temperature are the main results taken
into account. Possible solutions are proposed in order to satisfy
different tasks, such as a methane conversion as high as possible,
the compliance of the membrane thermal threshold and the zero-
ing of additional methane requirement for thermal reasons: the
integration of membranes in reaction environment gives always
strong benefits, when compared with traditional reformers.

Obviously, these benefits will be larger and larger in the
future, when properly designed membranes will last for a longer
time, providing also a larger permeability: so, the capability of
this technology is strongly bound to the membrane performance.
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